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Abstract 

Recent  advances  in  the  development  of  short  contact  time  (SCT)  reactor  design  approaches  allow  reformers  capable  of  overcoming  current 
barriers  of  cost,  size,  weight,  complexity  and  efficiency  associated  with  conventional  reactor  design  approaches.  PCI  has  developed  an  SCT 
based  approach  using  a  patented  substrate  (trademarked  Microlith®)  and  proprietary  coating  technology  [1].  The  high  heat  and  mass  transport 
properties  of  the  substrate  have  been  shown  to  significantly  reduce  reactor  size  while  improving  performance.  Resistance  to  coking,  especially 
at  low  H20:C  ratios,  has  also  been  observed  with  these  reactors. 

This  paper  summarizes  the  results  of  auto  thermal  reforming  (ATR)  of  an  /50-octane -based  liquid  fuel.  In  addition  Microlith-based  water 
gas  shift  (WGS)  and  preferential  CO  oxidation  (PROX)  reactors  were  also  examined  for  fuel  processing  applications.  Surprisingly,  selectivity 
advantages  for  these  kinetically  controlled  reactions  were  observed  [2].  Examples  described  here  include  low  methanation  selectivity  in  WGS 
applications  and  large  operating  windows  for  PROX  at  very  high  space  velocities.  A  complete  reformer  system  with  Microlith  ATR,  WGS  and 
PROX  reactors  has  been  identified.  Sensitivity  of  system  size  with  regard  to  steam:carbon  ratios,  and  the  resulting  implications  for  reactor/heat 
exchanger  sizes  were  documented  and  a  compact  system  identified. 
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1.  Introduction 

In  recent  years  development  of  reforming  systems  for 
converting  hydrocarbon  fuels  into  hydrogen  has  received  in¬ 
creased  attention  in  light  of  a  drive  to  use  hydrogen  as  fuel 
for  powering  fuel  cell  driven  vehicles,  auxiliary  power  units, 
electronics,  etc.  With  the  current  lack  of  a  hydrogen  distri¬ 
bution  network,  though,  hydrogen  will  have  to  be  produced 
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locally  from  traditional  fuels,  such  as  natural  gas,  gasoline, 
diesel  or  methanol  in  relatively  small  fuel  reforming  systems. 

While  steam  reforming  (SR)  and  auto  thermal  reform¬ 
ing  (ATR)  are  well  established  technologies  for  converting 
hydrocarbons  into  syngas  and  hydrogen,  these  reactions  are 
carried  out  in  extremely  large,  chemical  plant  size  reactors. 
Scaling  them  down  to  the  sizes  required  by  fuel  cell  appli¬ 
cations  faces  significant  challenges.  Auto  thermal  reformers 
balance  the  heat  generated  from  exothermic  reactions  with 
endothermic  reactions  without  transfer  surfaces. 

Large-scale  reformers  are  often  complicated  systems. 
These  systems  employ  oxidation  followed  by  water/steam 
injection  and  is  often  referred  to  as  POX,  as  opposed  to 
ATR  where  fuel/air/steam  are  all  injected  together.  POX  and 
SR  systems  usually  operate  at  larger  scales,  and  are  limited 
by  low  power  density,  sluggish  transient  response  and  slow 
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startup  time.  Considerable  effort  has  been  applied  to  develop¬ 
ing  compact  and  portable  fuel  reforming  systems.  While  sig¬ 
nificant  progress  has  been  made,  a  recent  paper  by  Krumpelt 
et  al.  [3]  highlights  the  issues  that  remain  to  be  overcome. 
Achieving  high  power  density,  minimizing  the  reformer  size 
and  cost  and  improving  transient  characteristics  are  some  of 
them. 

Catalytic  autothermal  reforming  (CATR)  provides  an  al¬ 
ternative  approach  to  hydrocarbon  conversion  into  hydrogen. 
In  the  CATR  approach,  oxygen  is  mixed  with  fuel  and  steam 
prior  to  the  reformer.  In  this  case  oxidation  and  reforming 
reactions  occur  within  the  same  reactor  over  the  same  cata¬ 
lyst,  thermally  balancing  each  other.  This  eliminates  the  heat 
transfer  limitation  of  the  process  and  allows  the  reaction  to 
proceed  at  much  higher  space  velocities  in  a  much  smaller  re¬ 
actor.  Unlike  traditional  ATR  reactors,  where  homogeneous 
combustion  of  the  fuel  rich  mixture  takes  place  at  the  front  of 
the  reactor,  fuel  rich  catalytic  combustion  is  employed  in  the 
CATR  approach.  This  allows  operating  in  much  richer  mix¬ 
tures  (lower  oxygen  to  fuel  ratio)  providing  higher  efficiency 
to  the  reforming  process.  Also  in  CATR,  steam  is  added  to 
the  fuel/air  mixture  before  entering  the  reactor  eliminating 
the  steam  injection  step  and  decreasing  the  size  of  the  ATR. 
The  SCT  CATR  process  results  in  reactor  power  densities 
much  higher  than  that  possible  by  steam  reforming. 

The  reformate  product  of  the  SR  or  CATR  reactor  con¬ 
tains  between  5  and  15%  CO,  which  cannot  be  tolerated  by 
proton  exchange  membrane  (PEM)  fuel  cells  and  has  to  be  re¬ 
moved  from  the  reformate  stream.  Generally,  water  gas  shift 
(WGS)  reactors  are  used  to  convert  CO  into  additional  hy¬ 
drogen  and  lowering  CO  concentration  to  sub-percent  level. 
Preferential  CO  oxidation  (PROX)  reactors  are  then  used  to 
selectively  oxidize  CO  to  CO2  decreasing  CO  concentration 
to  below  10  ppm,  which  can  be  tolerated  by  a  PEM  cell.  In 
current  technology  WGS  components  comprise  about  1/3  of 
the  mass,  volume  and  cost  of  an  integrated  fuel  reforming 
system.  Therefore,  decreasing  the  size  and  weight  of  these 
reactors  is  important  to  meet  overall  system  goals.  In  PROX 
reactors  high  selectivity  towards  oxidation  of  CO  as  opposed 
to  oxidation  of  H2  is  an  important  catalyst  requirement. 

In  this  work  a  catalytic  autothermal  reformer  (CATR), 
a  water  gas  shift  (WGS),  and  a  preferential  CO  oxidation 
(PROX)  reactor  based  on  Microlith  catalyst  substrate  tech¬ 
nology  was  evaluated  to  determine  the  advantages  offered  for 
the  reforming  of  isooctane  and  gasoline  into  hydrogen.  The 
results  show  the  potential  for  the  Microlith  technology  to  sig¬ 
nificantly  reduce  the  size  and  weight  of  these  key  fuel  pro¬ 
cessor  components  and  associated  start-up-time,  especially 
critical  for  mobile  applications. 

2.  Microlith  reactor  technology 

The  Microlith  substrate  consists  of  a  series  of  ultra¬ 
short-channel-length,  low  thermal  mass,  catalytically  coated 
metal  meshes  with  very  small  channel  diameters.  The  ultra 


short  channel  length  Microlith  substrate  minimizes  boundary 
layer  buildup  and  results  in  remarkably  high  heat  and  mass 
transfer  coefficients  compared  to  conventional  monolith  sub¬ 
strates.  The  geometry  of  the  substrate  provides  about  three 
times  higher  geometric  surface  area  (for  supporting  catalyst) 
over  conventional  reactors  (e.g.  monoliths)  with  equivalent 
volume  and  open  frontal  area.  The  heat  and  mass  transfer 
coefficients  depend  on  the  boundary  layer  thickness.  For  a 
conventional  long  channel  honeycomb  monolith  a  fully  de¬ 
veloped  boundary  layer  is  present  over  a  considerable  length 
of  the  catalytic  surface,  limiting  the  rate  of  reactant  transport 
to  the  active  sites.  This  is  avoided  when  short  channel  length 
catalytic  screens  are  used.  High  surface  area  washcoats  have 
been  developed  for  these  short  channel  substrates  by  creating 
a  porous  ceramic  layer  from  a  ceramic  powder  and  a  ceramic 
binder  with  good  interparticle  cohesion  and  adhesion  to  the 
substrate  surface. 

In  high  temperature  reforming  reactions  the  selectivity  of 
the  overall  process  is  determined  not  only  by  the  proper¬ 
ties  of  the  catalyst  but  also  by  the  transport  properties  of 
the  substrate.  The  effectiveness  of  the  Microlith  technology 
has  been  demonstrated  in  various  applications  such  as  ex¬ 
haust  aftertreatment  [4],  trace  contaminant  control  [5]  and 
catalytic  combustion  [6].  Microlith-based  fuel  reforming  has 
been  demonstrated  via  both  partial  oxidation  and  auto  ther¬ 
mal  reforming  of  gaseous  and  liquid  hydrocarbon  fuels  (e.g. 
natural  gas  [7],  propane,  diesel,  JP-8,  Jet- A  and  methanol 
[Ref]).  Logistic  fuels,  with  high  sulfur  content,  as  well  as 
low  sulfur  diesels  and  Ao-octane-based  transportation  fuels 
have  been  examined.  Data  for  an  Ao-octane-based  fuel  is  de¬ 
scribed  here. 


3.  Catalytic  autothermal  reforming  of 
iso -octane-based  fuels — experimental  results 

Two  catalyst  formulations  were  tested  for  catalytic  au¬ 
tothermal  reforming  of  isooctane  into  hydrogen.  One  formu¬ 
lation  was  Pt  supported  on  high  surface  area  La-stabilized 
y-alumina  washcoat  (Pt-Al)  and  the  other  was  Rh  supported 
on  Ce-Zr  washcoat  (Rh-CeZr). 

For  both  catalyst  formulations  the  reactors  for  testing 
CATR  performance  were  made  by  stacking  individual  cat¬ 
alyst  coated  Microlith  screens  to  a  total  length  between  1.2 
and  3.8  cm.  A  schematic  reactor  diagram  is  shown  in  Fig.  1. 
The  reactor  diameter  was  ^4  cm  (~  1 .6  in.).  This  corresponds 
to  a  reactor  volume  of  up  to  60  cm3  and  a  mass  of  46  g.  Sev¬ 
eral  thermocouples  and  gas  sampling  probes  were  placed  be¬ 
tween  the  screens  along  the  axis  of  the  reactor.  This  allowed 
axial  temperature  and  gas  composition  measurement  along 
the  reactor. 

The  reactor  feed  was  comprised  of  isooctane  (2,2,4- 
trimethylpentane),  steam  and  air  with  H2O/C  ratio  varied  be¬ 
tween  0.5  and  2. 1  and  O/C  ratio  varied  between  0.65  and  1.1. 
Upstream  of  the  reactor  water  and  air  were  passed  though  an 
electrically  heated  vaporizer  where  water  was  vaporized  and 
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Fig.  2.  ATR  reactor  lightoff  (inlet  gas  temperature  vs.  catalyst  bed  temper¬ 
ature)  at  120,000  h_  1 . 


Fig.  1.  Schematic  diagram  of  a  Microlith-based  ATR  of  isooctane. 

mixed  with  air.  Fuel  was  injected  into  the  stream  in  a  liquid 
form  upstream  of  a  static  mixer,  where  fuel  was  vaporized  and 
mixed  with  the  stream  and  air  before  entering  the  catalyst  bed. 
The  iso-oc tane  feed  rate,  in  all  tests,  was  set  at  6  ml  min-1, 
and  was  confirmed  by  the  rate  of  fuel  consumption  averaged 
over  the  testing  time.  This  fuel  flow  corresponded  to  3.4  kWt 
of  thermal  energy  input.  Water  and  air  flows  were  regulated 
to  provide  the  specified  steam  to  carbon  and  oxygen  to  carbon 
ratios.  Water  flow  was  also  measured  by  the  rate  of  water  con¬ 
sumption  over  time  and  airflow  was  measured  and  regulated 
by  a  mass  flow  meter.  Gas  hourly  space  velocity  (GHSV)  of 
the  reactant  mixture  through  the  catalyst  bed  depended  both 
on  the  number  of  screens  used  in  a  particular  reactor  and  was 
also  varied  depending  on  the  test  conditions  (e.g.  space  veloc¬ 
ity  increased  at  higher  0:C  and  FUChC  ratios  and  decreased 
at  lower  ratios).  In  general  it  varied  between  about  30,000 
and  1 20,000  h-1  for  the  catalyst  beds  tested  in  this  study. 

Gas  chromatography  (GC)  was  used  for  analysis  of  the  gas 
samples.  Prior  to  analysis,  gas  samples  were  passed  through 
a  chiller  to  remove  water  and  remaining  fuel  (and/or  other 
non-condensing  hydrocarbons  formed  in  the  reactor).  The 
gas  samples  were  then  analyzed  by  a  GC  for  H2,  O2,  N2, 
CO,  CH4,  CO2  C2H4  and  C2H6  components.  Using  N2  as 
an  internal  standard  and  the  known  molar  N2  input  into  the 
reactor  (based  on  the  measured  inlet  air  flow)  the  amount 
of  each  component  was  recalculated  into  a  molar  flow  rate. 
The  ratio  of  the  sum  of  CO,  CO2  and  CH4  amounts  to  the 
molar  input  of  the  fuel  into  the  reactor  provided  the  measure 
of  fuel  conversion  to  Ci  in  the  reactor,  while  the  ratio  of  sum 
of  H2  and  CO  amounts  multiplied  by  the  lower  heating  value 
(LHV)  of  hydrogen  to  the  LHV  of  input  fuel  provided  the 
efficiency  (assuming  1  to  1  conversion  of  CO  into  hydrogen 
in  a  downstream  WGS  reactor). 

To  start  the  reactor  the  catalyst  was  initially  preheated  to 
about  200  °C  by  flowing  hot  air  through  the  reactor.  Then 
water  and  fuel  flows  were  simultaneously  started  leading  to 
lightoff  of  the  catalyst  bed.  Thermocouple  readings  of  the 


catalyst  temperature  during  the  start  up  process  are  shown  in 
Fig.  2.  Fuel  and  water  flows  were  started  at  t-  0,  after  which 
the  catalyst  bed  temperature  rapidly  increased  to  a  steady 
state  value.  From  Fig.  2  it  can  be  seen  that  the  start  up  process 
took  less  than  30  s,  with  the  front  of  the  reactor  operating  after 
less  than  10  s.  Note,  that  the  reactor  and  the  test  rig  were  not 
specifically  setup  for  fast  start  up  measurements.  Therefore, 
initial  preheat  of  the  catalyst  was  limited  by  the  rate  of  the  air 
heater  and  by  the  large  thermal  mass  of  the  reactor  housing. 

Initial  testing  was  performed  with  Pt-Al  catalyst  using 
a  1.2  cm  (0.5  in.)  long  catalyst  bed  at  space  velocities  up  to 
120,000  1  h-1 .  The  gas  composition  profiles  measured  by  the 
probes  are  shown  in  Fig.  3.  In  this  test  the  isooctane  flow  was 
set  at  6  ml  min-1  with  FUOiC  ratio  of  1.5  and  0:C  ratio  of 
0.62.  These  results  suggest  that  the  reaction  is  very  fast  at  the 
front  of  the  catalyst  bed  where  temperature  rapidly  rises  from 
an  inlet  of  ^200  °C  to  a  peak  temperature  of  about  800  °C. 
All  molecular  oxygen  is  rapidly  consumed  over  the  first  mil¬ 
limeter  of  the  bed  length,  which  causes  sharp  gradients  in  all 
species  concentrations. 


reactor  length,  mm 


Fig .  3 .  Concentration  profiles  along  3 . 8  cm  long  Microlith  reactor  with  Pt-Al 
catalyst  at  120,000  h-1  at  12  mm,  H20:C  ratio  of  1.5,  0:C  ratio  of  0.62  and 
inlet  temperature  =  200  °C. 


78 


S.  Roychoudhury  et  al.  /  Journal  of  Power  Sources  152  (2005)  75-86 


Table  1 


Species  concentrations  for  1.2  cm  Pt-Al  catalyst  bed 


0:C 

H20:C 

Peak  temperature 

h2 

n2 

ch4 

CO 

co2 

c2h4 

c2H6 

X 

1 

0.62 

0.5 

831 

25.4 

52.5 

1.38 

11.1 

9.1 

0.23 

0.25 

47 

31 

0.62 

1.5 

797 

30.1 

50.9 

0.72 

5.8 

14.9 

0.03 

0.11 

49 

32 

0.8 

0.5 

864 

27.2 

48.6 

1.03 

14.1 

7.1 

0.18 

0.16 

68 

48 

0.8 

1.5 

845 

32.3 

46.1 

0.72 

8.1 

13.4 

0.03 

0.09 

71 

50 

0.98 

1.5 

883 

33.6 

43.3 

0.52 

9.6 

12.2 

0.01 

0.04 

94 

70 

0.98 

2 

863 

34.1 

44.1 

0.47 

7.7 

14.0 

0.01 

0.04 

92 

66 

X'-  conversion;  rj:  efficiency. 


Similar  measurements  were  conducted  over  the  same  cat¬ 
alyst  bed  at  H20:C  ratio  of  0.5,  1.5  and  2.0  and  0:C  ratio  of 
0.62,  0.80  and  0.98.  The  catalyst  temperature,  species  con¬ 
centration  in  the  exit  of  the  catalyst  bed  (on  a  dry  basis),  fuel 
conversion  and  efficiency  calculated  based  on  the  GC  analysis 
are  shown  in  Table  1 .  Complete  conversion  of  fuel  primarily 
to  H2  and  CO  was  achieved  at  a  peak  catalyst  temperature  of 
^850  °C.  In  addition,  the  reactor  achieved  nearly  90%  of  the 
final,  or  equilibrium,  hydrogen  concentration  within  2  mm 
into  the  reactor.  Exit  mixture  composition,  for  0:C  of  ~1 
and  H20:C  =  2,  on  a  dry  basis  was  34%  H2,  7.7%  CO,  14% 
CO2,  0.5%  CH4,  44%  N2  and  trace  amounts  of  higher  hy¬ 
drocarbons.  There  was  no  evidence  of  coke  formation  in  the 
reactor  after  about  5  h  on  stream. 

A  longer  bed  (~3.8  cm  long)  coated  with  the  same  catalyst 
was  also  tested  at  H2O:C  =  0.5,  1.5  and  O:C  =  0.82,  0.89  at 
space  velocity  of  up  to  30,000  h_1 .  The  results  are  presented 
in  Table  2. 

Small  differences  between  the  results  observed  between 
short  and  long  catalyst  beds  suggest  that  reforming  reactions 
at  the  back  of  the  catalyst  bed  are  slow  and  provide  incremen¬ 
tal  increase  in  conversion  and  hydrogen  yield  at  the  expense 
of  increased  size,  weight,  catalyst  usage  and  pressure  drop. 
Essentially  the  front  20  elements  provide  more  than  90%  of 
the  conversion,  while  the  rest  of  the  reactor  may  add  less  than 
10%.  This  is  consistent  with  the  data  in  Fig.  3,  which  suggests 
that  very  fast  reaction  occurs  on  the  front  of  the  catalyst  bed, 
especially  before  molecular  oxygen  is  consumed.  Optimiza¬ 
tion  of  the  process  in  this  region  leading  to  higher  selectivity 
of  oxidation  reactions  to  partial  oxidation  products  may  in¬ 
crease  the  overall  conversion  and  efficiency  of  the  process, 
such  that  under  same  inlet  conditions  100%  fuel  conversion  is 
achieved  at  shorter  bed  length  without  increasing  the  overall 
size  of  the  reactor. 

Test  results  for  Rh-CeZr  catalyst  obtained  on  a  short 
catalyst  bed  screens  at  space  velocities  up  to  120,000  h-1 
are  shown  in  Table  3.  Comparing  these  results  to  the  results 
of  Pt-Al  catalyst  tests  suggests  that  the  Rh-CeZr  catalyst 
provides  higher  conversion  and  higher  efficiency  to  the 
process  at  lower  peak  temperatures.  This  is  consistent  with 
literature  showing  Pt  favors  partial  oxidation  reactions,  while 
Rh  promotes  more  endothermic  steam  reforming  reactions. 
Another  advantage  of  the  tested  Rh-based  catalyst  over 
the  Pt-based  catalyst  is  in  the  lower  levels  of  CH4,  C2H4 
and  C2H6  yields.  In  fact,  almost  no  C2  components  were 
observed  under  any  conditions. 


The  same  reactor  was  tested  for  conversion  of  a  blended 
fuel  representing  gasoline  and  consisting  of  5  wt.%  methyl- 
cyclohexane,  20  wt.%  of  xylene  and  75  wt.%  of  Ao-octane. 
The  results  of  this  test  are  shown  in  Table  4a.  It  was  found 
that  the  reactor  behavior  and  the  exit  gas  mixture  compo¬ 
sition  was  about  the  same  when  running  with  the  blended 
fuel  as  with  pure  iso- octane.  This  suggests  that  addition  of 
the  various  hydrocarbons  to  the  fuel  did  not  significantly 
change  the  operating  properties  of  the  reactor.  Comparative 
performance  between  Ao-octane  and  a  blended  fuel  cho¬ 
sen  to  represent  gasoline  for  0:C  of  ~0.6  H20:C  of  ~1.2 
shows  minor  differences  in  performance  and  is  highlighted  in 
Table  4b. 

The  results  presented  in  Tables  1-4  suggest  that  0:C  ratio 
in  the  inlet  mixture  is  the  major  parameter  determining  fuel 
conversion  and  process  efficiency.  To  study  this  dependence 
a  catalyst  bed  with  Rh-CeZr  catalyst  having  length  ~3.5  cm 
was  tested  under  conditions  with  constant  fuel  and  water  feed 
rate  and  varying  air  input.  The  results  of  this  test  are  presented 
in  Table  5  and  in  Figs.  4-6. 

Fig.  4  shows  the  fuel  conversion  increasing  nearly  linearly 
before  reaching  complete  conversion  at  about  0:C  =  1.  The 
peak  temperature  measured  within  the  catalyst  increases  with 
0:C  ratios  as  a  direct  result  of  increased  oxidation  reactions. 
The  efficiency,  calculated  on  the  basis  of  FHV  of  H2  +  CO 
yielded,  peaks  at  an  O/C  of  1.07. 

Fig.  5  shows  the  concentrations  of  hydrogen,  carbon 
monoxide,  carbon  dioxide,  and  methane  as  a  function  of 


Fig.  4.  Conversion,  efficiency  and  peak  temperature  over  the  catalyst  bed 
comprised  of  Microlith  elements  coated  with  Rh-CeZr  catalyst  on  washcoat 
as  a  function  of  0:C  ratio;  H2O/C  of  1.5,  space  velocity  of  55,000  h-1. 
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Table  2 


Species  concentrations  for  3.8  cm  Pt-Al  catalyst  bed 


0:C 

H20:C 

Peak  temperature 

h2 

n2 

ch4 

CO 

co2 

c2h4 

c2H6 

X 

1 1 

0.82 

0.51 

794 

32.5 

41.5 

1.61 

15.4 

7.5 

0.006 

0.045 

89 

67 

0.82 

1.22 

728 

36.8 

38.9 

1.03 

8.2 

13.8 

0.002 

0.020 

90 

67 

0.89 

1.24 

780 

36.0 

39.2 

0.90 

9.9 

12.3 

0.002 

0.011 

97 

73 

X'.  conversion;  iy.  efficiency. 


Table  3 


Species  concentrations  for  1.2  cm  Rh-CeZr  catalyst  bed 


0:C 

H20:C 

Peak  temp. 

h2 

n2 

ch4 

CO 

co2 

c2h4 

c2H6 

X 

7 

0.45 

0.46 

613 

36.8 

43.3 

0.07 

9.3 

13.1 

0.01 

0 

43 

33 

0.49 

0.46 

620 

36.9 

42.7 

0.08 

10.9 

11.9 

0.01 

0 

49 

39 

0.52 

0.48 

626 

37.7 

44.0 

0.09 

12.6 

10.8 

0.0 

0.0 

52 

43 

0.55 

1.20 

621 

40.0 

40.2 

0.08 

5.6 

16.9 

0 

0 

57 

44 

0.57 

1.20 

595 

42.7 

37.7 

0.27 

7.3 

15.8 

0.0 

0.0 

65 

53 

0.63 

1.20 

628 

39.7 

39.8 

0.12 

7.3 

15.4 

0 

0 

68 

53 

0.63 

1.99 

633 

39.3 

41.5 

0.03 

3.9 

18.0 

0 

0 

62 

46 

0.71 

1.20 

621 

40.7 

37.7 

2.04 

10.0 

13.6 

0.0 

0.0 

91 

69 

0.88 

2.03 

700 

40.9 

40.4 

0.44 

7.9 

15.0 

0.0 

0.0 

95 

76 

X'.  conversion;  ry.  efficiency. 

Table  4a 

Species  concentrations  for  1.2  cm  Rh-CeZr  catalyst  bed 

0:C 

H20:C 

Peak  temperature 

h2 

n2 

ch4 

CO 

co2 

c2H4 

c2H6 

X 

T 1 

0.60 

1.16 

640 

38.9 

39.4 

0.078 

8.1 

15.7 

0.00 

0.00 

68 

51 

0.60 

1.92 

637 

39.5 

39.9 

0.048 

4.7 

18.6 

0.00 

0.00 

66 

47 

X'.  conversion;?]:  efficiency. 


Table  4b 


Comparative  species  concentrations  when  using  Ao-octane  and  a  blended  fuel 


Fuel 

0:C 

H20:C 

Peak  temperature 

h2 

n2 

ch4 

CO 

co2 

c2h4 

c2H6 

X 

7] 

Blended 

0.60 

1.16 

640 

38.9 

39.4 

0.078 

8.1 

15.7 

0.00 

0.00 

68 

51 

I-octane 

0.63 

1.20 

628 

39.7 

39.8 

0.12 

7.3 

15.4 

0.00 

0.00 

68 

53 

Table  5 

Species  concentrations  for  3.5  cm  Rh-CeZr  catalyst  bed 

0:C 

H20:C 

Peak  temperature 

h2 

n2 

ch4 

CO 

co2 

c2H4 

c2H6 

X 

7] 

0.59 

1.53 

627 

36.9 

42.1 

0.1 

3.40 

17.5 

0.010 

0.019 

55 

41 

0.65 

1.53 

635 

37.2 

41.3 

0.1 

3.99 

17.4 

0.010 

0.019 

63 

46 

0.71 

1.53 

643 

37.2 

41.1 

0.1 

4.78 

16.9 

0.010 

0.010 

71 

52 

0.77 

1.53 

650 

37.2 

40.7 

0.1 

5.47 

16.4 

0.010 

0.010 

78 

58 

0.84 

1.53 

660 

36.8 

40.8 

0.2 

6.26 

15.9 

0 

0.010 

84 

62 

0.89 

1.53 

674 

35.9 

41.5 

0.3 

6.85 

15.5 

0 

0.010 

90 

65 

0.95 

1.53 

702 

34.7 

42.5 

0.4 

7.62 

14.8 

0 

0 

96 

67 

1.01 

1.53 

732 

33.6 

43.7 

0.3 

8.19 

14.1 

0 

0 

97 

69 

1.07 

1.53 

763 

32.7 

45.0 

0.2 

8.57 

13.5 

0 

0 

98 

70 

1.13 

1.53 

792 

31.1 

47.0 

0.1 

8.82 

12.9 

0 

0 

97 

68 

X'.  conversion;  ly.  efficiency. 


the  0:C  ratio.  The  methane  concentration  is  seen  to  pass 
through  a  peak  at  0:C  =  0.95,  resulting  from  the  relative  rates 
of  methane  production  resulting  from  decomposition  or  py¬ 
rolysis  of  the  iso-o ctane,  and  its  consumption  through  reform¬ 
ing  and  oxidation  reactions.  It  is  notable  that  with  increasing 
0:C,  the  trends  for  H2,  CO,  and  CO2  concentrations  suggest  a 
correlation  supported  by  the  reverse  water  gas  shift  reaction 
(H2 +  C02  =  H20  +  C0).  This  reaction  is  favored  at  higher 
temperatures,  which  is  the  effect  of  increasing  0:C  seen  in 
Fig.  4. 


The  reforming  of  /so-octane  can  be  generically  repre¬ 
sented  by  the  reaction: 

C8H18  +  x02  +  (16  -  2v)H20  =  8C02  +  (25  -  2x)H2. 

(1) 

The  reaction  stoichiometry  shows  that  the  hydrogen  yield 
per  mole  of  iso-octane  is  maximized  under  steam  reform¬ 
ing  conditions,  when  the  oxygen-to-fuel  (x)  or  0:C  (2x/8) 
is  zero.  With  increasing  0:C,  the  hydrogen  yield  decreases. 
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Fig.  5.  Concentrations  of  hydrogen,  carbon  monoxide,  carbon  dioxide,  and 
methane  from  a  catalyst  bed  comprised  of  Microlith  elements  coated  with 
Rh  catalyst  on  Ce-Zr  washcoat  as  a  function  of  0:C  ratio.  H2O/C  of  1.5, 
space  velocity  of  55,000 h-1. 


temperature,  °C 


Fig.  6.  Yields  of  hydrogen  (H2  +  CO),  and  methane  from  a  catalyst  bed 
comprised  of  Microlith  screens  coated  with  Rh  catalyst  on  Ce-Zr  washcoat  as 
a  function  of  peak  temperature.  H2O/C  of  1.5,  space  velocity  of  55,000  h_  1 . 

The  thermal  effect  of  varying  the  0:C  is  quite  significant, 
manifested  in  the  temperatures,  which  in  turn  affect  the  ki¬ 
netics,  conversion,  and  ultimately  the  product  distribution. 
Fig.  6  plots  the  data  from  Table  5,  showing  the  relationship 
between  the  peak  temperature  and  the  product  yields  of  hy¬ 
drogen,  H2  +  CO,  and  methane.  The  top  curve  represents  the 
ideal  (per  Eq.  (1))  or  maximum  hydrogen  yield  that  would  be 
theoretically  possible  for  that  experimental  condition  (mea¬ 
sured  at  the  corresponding  0:C),  and  serves  as  a  reference 
for  the  experimental  output.  At  low  0:C,  the  temperatures 
are  low,  the  C8  conversion  is  low  (Fig.  4)  and  so  is  the  gap 
between  (H2  +  CO)  and  the  maximum  H2  curves.  With  in¬ 
creasing  temperature  (0:C),  the  gap  is  narrowed  because  of 
a  convergence  of  reduced  possibilities  and  increased  conver¬ 
sion  towards  hydrogen  and  carbon  oxides.  For  these  reaction 
studies  (using  Rh/CeZr  catalyst  on  a  microlith  support,  with 
little  or  no  feed  preheating),  90%  of  the  theoretical  yield  of 
H2  (assuming  each  mole  of  CO  can  be  converted  to  a  mole 
of  H2)  was  achievable  at  an  0:C=  1.13,  which  generated  a 
peak  temperature  of  792  °C. 


Table  6 

WGS  reactor  operating  conditions 

Test  1:  inlet  temperature  variation:  220,  250,  280,  and  310  °C;  space 
velocity  =  50000  h_  1 

H2:  41.7%  C02:  15.9% 

CO:  3.6%  N2:  29.3% 

H20: 9.5%  H20/C0  =  2.64 

Tests  2  and  3:  inlet  temperature  variation:  220  and  280  °C;  space 
velocity  =  50000  h-1 

H2:  41.7%  C02:  15.9% 

CO:  3.6%  N2:  28% 

H20:  10.8%  H2O/CO  =  3.0 

Tests  4  and  5:  inlet  temperature  variation:  220  and  280  °C;  space 
velocity  =  50000  h_  1 

H2:  41.7%  C02:  15.9% 

CO:  3.6%  N2:  26.2% 

H20:  12.6%  H20/C0  =  3.5 

Tests  6  and  7:  inlet  temperatures  of  220  then  280  °C;  space  velocity 
variation:  50000,  40000,  30000,  20000,  10000  and  5000  h-1 
H2:  41.7%  C02:  15.9% 

CO:  3.6%  N2:  29.3% 

H20: 9.5%  H20/C0  =  2.64 


3.1.  WGS  reactor  testing 

To  ensure  a  compact  fuel  processor  system  can  be  devel¬ 
oped,  the  water  gas  shift  (WGS)  reactor  should  be  designed 
to  operate  at  its  most  efficient  condition.  The  concentration  of 
the  reactants  and  products  determine  the  equilibrium  point, 
which  limits  the  kinetics  and  conversion  achievable.  In  over¬ 
all  system  efficiency  calculations,  the  water  balance  has  been 
recognized  as  a  critical  component  [8].  Therefore,  tests  were 
designed  to  elucidate  the  effect  of  S:C  ratio  into  the  ATR, 
which  is  manifested  in  H2O/CO  ratio  into  the  WGS  reactor, 
on  the  performance  of  the  WGS  reactor.  Table  6  lists  a  series 
of  tests  that  were  conducted  to  study  the  effect  of  temperature 
(exit),  H2O/CO  ratio,  and  space  velocity  in  a  Microlith-based 
WGS  reactor.  The  matrix  consisted  of  seven  experimental  test 
conditions;  the  first  five  were  at  a  space  velocity  of  50,000  h~ 1 
over  a  range  of  temperatures  and  three  different  H2O/CO  ra¬ 
tios.  Tests  6  and  7  consisted  of  space  velocity  variations  at  2 
different  temperatures.  For  example,  test  6  explored  the  re¬ 
actor  performance  at  the  compositions  shown  over  the  space 
velocity  range  at  an  inlet  temperature  of  220  °C,  whereas  test 
7  did  the  same  at  a  temperature  of  280  °C. 

3.2.  Water  gas  shift  reactor  performance — experimental 
results 

Fig.  7  shows  the  effect  of  (exit  gas)  temperature  on  CO 
conversion  achieved  in  the  experimental  reactor,  using  a 
GHSV  of  50,000 h-1,  an  inlet  CO  concentration  of  3.6%, 
and  a  H2O/CO  molar  ratio  of  2.6.  The  conversion  increased 
from  0.9%  at  220  °C  to  14%  at  310  °C.  If  allowed  to  reach 
equilibrium,  the  corresponding  conversions  would  be  78% 
and  32%,  respectively. 

It  is  clear  that  a  space  velocity  of  50,000  h-1  is  too  high 
for  the  WGS  reactor  to  reach  equilibrium  conversions  at  the 
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Fig.  7.  Effect  of  temperature  on  CO  conversion  achieved  in  a  Micro lith- 
WGS  reactor. 

given  composition  and  temperatures.  For  a  given  tempera¬ 
ture,  either  lower  space  velocities  need  to  be  employed  or 
the  composition  needs  to  be  changed  such  that  more  water  is 
supplied  to  the  WGS  reactor,  see  Fig.  9. 

Fig.  8  shows  the  effect  of  the  S:C  (H2O/CO)  on  CO  conver¬ 
sion  at  two  operating  temperatures.  At  the  lower  temperature 
(220  °C),  the  conversion  jumped  from  0.9%  to  4.5%  when  the 
S:C  was  increased  from  2.6  to  3.0.  At  the  higher  temperature 
of  280  °C,  the  effect  was  quite  modest  in  going  from  S:C  =  2.6 
to  3.0.  Increasing  the  S:C  to  3.5  yielded  a  significantly  higher 
CO  conversion  of  28%. 

Fig.  9  shows  the  effect  of  the  gas  hourly  space  velocity 
on  CO  conversion.  The  conversion  increased  with  increasing 
residence  time  (lower  space  velocity),  approaching  the  equi¬ 
librium  conversion  of  49.8%.  The  effect  (slope)  appears  to 
be  sharpest  between  the  GHSVs  of  10,000  and  20,000. 

Based  on  the  combination  of  conditions  tested,  i.e.  inlet 
temperature,  GHSV,  and  S:C  ratio,  it  would  be  advantageous 
to  increase  the  water  concentration  because  that  would  yield 
a  two-fold  benefit.  First  the  equilibrium  point  of  the  reac¬ 
tion  would  move  in  favor  of  more  hydrogen  and  second,  the 
kinetic  rate  would  increase  by  the  dependency  on  the  water 
concentration,  which  is  greater  than  one  to  one.  For  example, 
it  has  been  shown  that  a  1  %  increase  in  water  concentration 
yields  a  10%  increase  in  CO  conversion  rate,  or,  conversely,  a 


GHSV=50,000  /hr,  Inlet  CO=3.6%,  H20/C0=2.6 


H20/CO  molar  ratio 

Fig.  8 .  Effect  of  S  :C  on  CO  conversion  achieved  in  a  Microlith-WGS  reactor. 


Fig.  9.  Effect  of  the  gas  hourly  space  velocity  on  CO  conversion  achieved 
in  a  Microlith-WGS  reactor. 


10%  reduction  in  WGS  reactor  size  for  the  same  conversion 
[9]. 

To  complement  and  assist  in  the  understanding  of  the  test¬ 
ing,  a  predictive  model  was  developed  under  an  NSF  grant. 
This  model  is  based  on  first  principles.  It  uses  a  kinetic  expres¬ 
sion  specific  to  the  catalyst  formulation  and  transport  equa¬ 
tions,  and  calculates  changes  across  each  element.  Since  a 
SCT  reactor  is  made  up  of  discrete  elements,  the  model  takes 
advantage  of  that  aspect  by  treating  each  element  separately 
and  determining  the  changes  in  conversion,  fluid  properties 
and  pressure  drop  across  each  element.  This  algorithm  allows 
the  model  to  be  extended  to  any  number  of  elements  required 
by  a  given  reactor  to  achieve  a  targeted  performance.  This 
is  a  significant  improvement  over  earlier  SCT  reactor  mod¬ 
els.  Previous  researchers  mostly  used  correlations  [10-16]. 
Another  attribute  of  the  model  is  the  calculation  of  a  diffu¬ 
sion  coefficient  for  the  reactants  in  the  actual  gas  mixture, 
not  resorting  to  binary  diffusion  estimations,  which  is  rou¬ 
tinely  done.  Finally,  the  model  provided  the  ability  to  select 
how  closely  the  reactor  operated  to  the  adiabatic  or  isother¬ 
mal  limits.  The  outcome  of  these  efforts  led  to  a  considerably 
more  accurate  model  that  predicts  the  transition  from  kinetic 
to  mass  transfer  controlled  operation  and  provided  a  more 
meaningful  prediction  of  reactor  size  for  a  given  set  of  inlet 
conditions. 

Table  7  shows  the  results  of  model  prediction  for  various 
inlet  conditions  to  the  ATR.  The  objective  was  to  provide 
the  WGS  with  a  re  formate  from  the  ATR  which  exited  at 
700  °C  and  to  determine  the  conditions  that  a  WGS  stage 
would  need  to  operate  to  provide  an  outlet  CO  concentration 
of  1  %,  which  could  then  be  fed  to  a  preferential  CO  oxidation 
reactor.  These  conditions  were  chosen  based  on  analysis  of 
likely  heat  exchanger  performance  integrated  between  the 
ATR  and  the  WGS.  Keeping  in  mind  that  the  motive  was 
to  understand  the  effect  of  water  on  the  WGS  performance, 
the  O/C  ratio  was  kept  constant  at  0.9  as  the  H2O/C  varied 
from  1 .5  to  2.0.  Notice  that  at  H2O/C  of  2.0  the  O/C  had  to  be 
adjusted  to  1 .01  because  at  that  water  concentration,  a  O/C  of 
0.9  would  not  achieve  an  outlet  ATR  temperature  of  700  °C. 
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Table  7 

Results  of  model  predictions  for  HTS  WGS  reactor 

Inlet  to  ATR  O/C  =  0.9  and  H20/C  =  1 .5 

O/C  =  0.9  and  H2 O/C  =1.8 

O/C  =1.01  and  H2O/C  =  2.0 

HTS  inlet  HTS  outlet 

HTS  inlet  HTS  outlet 

HTS  inlet  HTS  outlet 

Model  predictions  for  HTS  performance 


h2 

31.846 

39.810 

31.056 

37.680 

28.130 

34.279 

co2 

8.836 

16.800 

9.280 

15.910 

9.626 

15.776 

CO 

9.944 

1.980 

8.494 

1.870 

7.005 

0.855 

n2 

31.920 

31.920 

30.220 

30.220 

31.396 

31.399 

h2o 

17.454 

9.490 

20.944 

14.320 

23.842 

17.691 

O/C  (overall  atom  balance) 

2.40 

2.40 

2.70 

2.70 

3.01 

3.01 

H/C  (overall  atom  balance) 

5.25 

5.25 

5.85 

5.85 

6.25 

6.25 

02/N2  (overall  molecular  balance) 

0.71 

0.71 

0.79 

0.79 

0.80 

0.80 

Temperature  (°C)  at  inlet 

310 

310 

310 

CO  Conversion 

0.8 

0.8 

0.78 

0.78 

0.88 

0.88 

%  conversion  of  equilibrium 

90% 

90% 

90% 

90% 

90% 

90% 

GHSV  (reactor  assume  80%  adiabatic) 

20000  b-1 

±5000 

60000  b-1 

±15000 

35000  b-1 

±10000 

The  model  had  been  extensively  validated  for  high  temper¬ 
ature  (HTS)  conditions,  therefore  only  the  low  temperature 
shift  (LTS)  conditions  required  testing.  It  should  be  noted, 
that  after  testing,  the  model  accurately  predicted  the  exper¬ 
imental  results  for  the  LTS  conditions.  As  can  be  observed 
from  the  table,  at  an  O/C  ratio  of  1.01  and  H2O/C  =  2.0,  a 
LTS  WGS  stage  is  redundant.  The  WGS  section  of  the  fuel 
processor  therefore  can  be  a  single  stage.  This  greatly  reduces 
the  size  and  complexity  of  the  system  and  is  a  preferred  mode 
of  operation. 

The  experimental  data  in  Table  8  shows  the  results  of  test¬ 
ing  under  the  second  set  (Tests  2  and  3)  of  WGS  reactor 
conditions.  CO  conversions  were  calculated  from  measured 
concentrations  of  CO.  Except  for  N2,  the  concentrations  of  all 
the  other  species  were  calculated  from  a  mass  balance  using 
the  water-gas  shift  reaction  stoichiometry. 

Table  8  also  shows  the  experimental  results  of  the  LTS 
WGS  tested  under  the  second  set  of  conditions.  The  inlet 
conditions  to  the  LTS  reactor  do  not  exactly  match  the  outlet 


conditions  from  the  HTS  reactor  because  of  flow  metering 
limitations.  To  obtain  the  theoretical  equilibrium  CO  conver¬ 
sion  for  the  LTS,  the  actual  test  inlet  conditions  were  used 
in  the  thermodynamic  calculation.  The  reported  data  for  the 
experimental  CO  conversion  was  an  averaging  of  at  least  four 
data  points  taken  at  each  steady  state  condition  and  resolving 
the  associated  errors.  The  space  velocity  targets  were  5000, 
8000  and  1 0,000  h-1,  however  the  actual  space  velocities 
achieved  were  a  result  of  flow  meter  limitations  and  resolu¬ 
tion  for  the  given  conditions. 

Our  results  suggest  that  ATR  H2O/C  ratios  greater  than 
1.5  allow  efficient  WGS  reactor  design.  As  can  be  seen  from 
Table  8  a  20%  increase  in  the  amount  of  water  to  the  WGS 
will  result  in  a  65%  increase  in  conversion  for  a  given  space 
velocity  (0.38  at  6000  h_1  at  H20:C=1.5  versus  0.62  at 
6000  h_1  at  H20:C  =  1.8).  Conversely  this  can  be  viewed  as 
a  reduction  in  reactor  size  of  ~75%  for  a  given  conversion. 
To  determine  the  optimal  steam  content  entering  the  ATR,  a 
system  level  calculation  must  be  done  to  determine  the  effect 


Table  8 

Results  of  experimental  data  for  LTS  WGS  reactor 

Inlet  to  ATR  O/C  =  0.9  and  H20/C  =  1.5  O/C  =  0.9  and  H20/C  =  1.8  O/C  =  1.01  and  H20/C  =  2.0 

LTS  inlet  LTS  outlet  LTS  inlet  LTS  outlet 


Experimental  data 

h2 

40.35 

co2 

16.68 

CO 

1.99 

n2 

31.48 

h2o 

9.50 

O/C  (overall  atom  balance) 

2.40 

H/C  (overall  atom  balance) 

5.34 

02/N2  (overall  molecular  balance) 

0.71 

Temperature  (°C)  at  outlet 

CO  conversion 

0.38  ±0.026 

%  Conversion  of  equilibrium 

79% 

41.11 

37.86 

39.03 

17.44 

15.68 

16.85 

1.23 

1.88 

0.71 

31.48 

30.26 

30.26 

8.74 

14.32 

13.15 

2.40 

2.71 

2.71 

5.34 

5.95 

5.94 

0.71 

0.79 

0.79 

260 

260 

@  OOOOh"1 

0.62  ±  0.026 

@  OOOOh"1 

79% 

92% 

92% 

0.60  ±  0.024 

@  8300  h-1 

90% 

90% 

0.56  ±0.015 

@  10300  h" 

87% 

87% 

No  LTS  needed  at  these  conditions 


Outlet  conditions  are  for  this  GHS  V 

Outlet  conditions  not  shown  here  for  this  GHS  V 

Outlet  conditions  not  shown  here  for  this  GHS  V 
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of  additional  steam  on  fuel  processor  efficiency.  The  calcula¬ 
tion  must  include  parameters  such  as  pressure  drop,  reactor 
size  and  weight,  heat  exchanger  size  and  weight  and  dynamic 
interaction  between  the  various  components  comprising  the 
fuel  processor.  From  the  WGS  evaluation  standpoint,  it  is 
recommended  that  a  F^O/C  of  2.0  be  used  since  that  condi¬ 
tion  results  in  a  single  WGS  reactor  compatible  with  use  of 
a  PROX  reactor  for  final  CO  cleanup. 

Model  calculations  indicated  that  a  high  temperature  shift 
(HTS)  inlet  temperature  of  ~310°C  was  required  to  pro¬ 
duce  outlet  CO  levels  of  1.98%  and  1.87%  respectively  for 
H20:C=1.5  and  1.8  cases.  Note  that  for  O:C=1.01  and 
H2O:C  =  2.0  case,  a  310  °C  HTS  inlet  temperature  gave  an 
outlet  CO  level  of  0.855%  indicating  the  potential  of  oper¬ 
ating  with  only  one  HTS  stage  upstream  of  a  PROX  reactor. 
A  WGS  prediction  model,  developed  and  validated  at  PCI, 
based  upon  experimentally  established  reaction  kinetics,  was 
used  to  predict  the  space  velocities  required  to  achieve  90% 
of  the  equilibrium  CO  conversion  for  these  three  HTS  cases. 
The  space  velocity  was  predicted  assuming  that  80%  of  the 
heat  generated  from  the  WGS  reaction  was  used  to  raise  the 
temperature  in  the  reactor. 

To  ensure  the  integrity  of  the  data  obtained  for  the  tests,  GC 
calibrations  were  done  on  all  species  pre-  and  post-testing. 
The  calibrations  were  within  ±5%  of  their  target  concen¬ 
trations.  Mass  flow  controller  calibrations  were  confirmed 
post-testing  and  were  within  ±2%  of  calibration.  Lastly,  the 
water  syringe  pump  calibration  was  verified  pre-  and  post¬ 
testing  and  resulted  in  ±2%  error  in  the  targeted  calibration. 
Unfortunately,  these  and  other  minor  errors  prevented  a  mass 
balance  based  on  reaction  stoichiometry  and  due  to  the  small 
changes  in  large  concentrations.  For  example,  the  CO2  GC 
measurement  had  an  error  of  5%  associated  with  it  based  on 
the  calibration  data.  Since  the  CO2  concentration  was  in  the 
range  of  15%,  that  led  to  a  range  of  possible  values  from 
14.25%  to  15.75%,  or  a  difference  of  1.5%  in  concentration. 
The  CO  concentration,  however,  started  at  ^2%  and  was  con¬ 
sumed  to  a  level  of  ~1%,  which  represents  a  ~1%  change  in 
concentration.  That  1%  CO  concentration  change  is  within 
the  1.5%  uncertainty  in  the  CO2  measurement,  thus  prevent¬ 
ing  a  meaningful  mass  balance. 

4.  PROX  reactor  design — estimations  based  upon 
verified  performance  model 

PCIs  PROX  reactor  scaling  model  was  used  to  calculate 
the  PROX  reactor  needed  to  reduce  the  CO  percentage  to  less 
than  50  ppm.  The  scaling  model  was  based  upon  prior  data 
with  these  reactors.  However,  the  results  were  verified  for  the 
current  case  at  two  conditions.  The  design  flow  of  reactant 
into  the  first  stage  of  the  PROX  was  266  SLPM,  with  a  wet 
gas  composition  of  H2  =  43.9%,  C02=  18.1%,  CO=  1.4%, 
N2  =  29.3%,  H2O  =  7.3%.  The  model  identified  information 
such  as,  the  number  of  stages  needed,  the  quantity  of  air 
injected  at  each  stage,  the  catalyst  volume  in  each  stage,  in¬ 


let/outlet  temperatures  at  each  stage,  inter-stage  gas  compo¬ 
sitions,  extent  of  methanation,  cross-sectional  area,  pressure 
drop,  etc.  The  results  of  the  analysis  indicated  that  under 
very  dry  conditions  (~7%  H2O  entering  the  PROX)  more 
than  three  adiabatic  stages  would  be  needed  to  reduce  the 
CO  concentration  to  less  than  50  ppm  from  the  inlet  condi¬ 
tions  provided. 

The  in-house  model  developed  by  PCI  for  PROX  reactor 
sizing  did  not  use  kinetic  information  to  determine  the  extent 
of  conversion  and  selectivity.  For  that  reason,  it  was  more 
of  a  heuristic  model  that  was  verified  for  reactor  scale-up 
of  conditions  similar  to  those  tested  on  the  sub- scale  level. 
Our  initial  assessment  was  that  a  two  stage  adiabatic  reac¬ 
tor  would  not  be  feasible  for  the  dry  conditions  because  the 
high  hydrogen  concentration  and  the  low  water  concentra¬ 
tion.  Essentially,  to  produce  an  outlet  CO  concentration  of 
50  ppm  within  two  stages,  the  conversion  per  stage  would 
have  to  be  more  than  97%.  In  addition,  to  have  an  efficient 
design  and  avoid  excessive  hydrogen  consumption,  the  re¬ 
actors  would  have  to  be  at  least  50%  selective  toward  CO 
oxidation.  The  inability  to  achieve  these  results  from  a  two 
stage  adiabatic  reactor  under  the  constraints  of  such  high  hy¬ 
drogen  and  low  water  content  was  experimentally  verified. 
The  results  are  shown  in  Table  10,  which  displays  the  per 
stage  information  as  well.  In  addition,  there  is  a  “System 
Totals”  box  that  provides  information  for  all  stages  as  one 
unit. 

Table  9  shows  the  results  of  the  data  generated  to  achieve 
less  than  50  ppm  outlet  CO  concentration.  The  first  box,  la¬ 
beled  PROX  1 ,  shows  that  about  60%  CO  conversion  for  a 
lambda  (defined  as  2O2/CO)  of  1 .5  can  be  achieved  with  a 
high  selectivity  of  88%.  Another  set  of  experiments  was  done 
where  the  outlet  composition  from  the  PROX  1  experiments 
were  used  as  input  for  the  PROX  2  experiments.  The  data  is 
given  in  the  box  labeled  “PROX  2”  and  it  shows  nearly  the 
same  CO  conversion  as  PROX  1 ,  yet  the  selectivity  drops  con¬ 
siderably  to  15%.  These  conversions  achieve  only  200  ppm 
after  two  stages. 

Because  of  the  precipitous  drop  in  selectivity  in  PROX 
2,  an  experiment  for  PROX  3  was  not  done.  Instead,  two 
calculations  were  done.  The  first  was  to  determine  the  min¬ 
imum  requirements  for  a  third  stage  to  achieve  the  desired 
50  ppm  outlet  CO  concentration  (Table  9,  “PROX  3”).  This 
indicated,  on  the  basis  of  experimental  data,  that  CO  con¬ 
version  of  ~98%  would  be  required  in  the  third  stage,  which 
would  be  unachievable.  A  second  calculation  presuming  con¬ 
tinuous  CO  conversion  of  60%,  extrapolating  the  experimen¬ 
tal  results  from  PROX  1  and  2  operated  at  1 10,000  h-1  each, 
predicted  six  stages  would  be  needed  to  meet  the  50  ppm 
threshold. 

A  cursory  analysis  of  inlet  conditions  to  a  PROX  sys¬ 
tem  indicates  that  the  water  content  would  need  to  be  higher 
(ATR  H20:C  =  2  and  H20  into  PROX  at  20%)  and  lower  H2 
entering  the  PROX  (at  ~31%)  to  result  in  a  two  stage  com¬ 
pact  reactor  system.  For  example,  using  conditions  consistent 
with  WGSR  operation  that  were  tested,  assuming  ATR  steam 
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Table  9 


Experimental  data  and  estimates  for  PROX  conditions 


Parameters 

Comments 

Inlet  compositions 

Component 

Molar  flow  rate 

Normalized  amount 

PROX1 

CO  in 

1.33% 

Based  on  test  data  at  conditions 

h2 

0.0863 

0.415 

CO  out 

0.56% 

Based  on  test  data  at  conditions 

CO 

0.0028 

0.013 

CO  conversion 

58% 

Based  on  test  data  at  conditions 

co2 

0.0358 

0.172 

Selectivity 

88% 

Based  on  test  data  at  conditions 

h2o 

0.0144 

0.070 

Lambda 

1.5 

Based  on  test  data  at  conditions 

n2 

0.0664 

0.319 

Air  needed  (SLPM) 

13.2 

Based  on  test  data  at  conditions 

o2 

0.0021 

0.010 

Tin  (°C) 

125 

Based  on  test  data  at  conditions 

Tout  (°C) 

150 

Space  velocity  (1  h_1) 

110000 

Area  (in.2) 

28.26 

Volume  (in.3) 

9.3 

Volume  (1) 

0.2 

Total  flow  rate  (SPLM) 

279.20 

PROX  2 

CO  in 

0.54% 

H2 

0.0860 

0.403 

CO  out 

0.22% 

CO 

0.0012 

0.005 

CO  conversion 

60% 

Optimized  value  based  on  test  data  at  conditions 

co2 

0.0374 

0.175 

Selectivity 

15% 

Based  on  test  data  at  conditions 

h2o 

0.0147 

0.069 

Lambda 

2.4 

Based  on  test  data  at  conditions 

n2 

0.0715 

0.335 

Air  needed  (SLPM) 

10.4 

o2 

0.0025 

0.012 

Tin  (°C) 

125 

Estimated 

Tout  (°C) 

130 

Estimated 

Space  velocity  (1  h_1) 

110000 

Estimated 

Area  (in.2) 

12.56 

Volume  (in.3) 

9.6 

Volume  (1) 

0.2 

Total  flow  rate  (SPLM) 

289.56 

PROX  3 

CO  in 

0.2100% 

H2 

0.0821 

0.374 

CO  out 

0.0049% 

CO 

0.0005 

0.002 

CO  conversion 

97.7% 

Minimum  needed 

co2 

0.0381 

0.173 

Selectivity 

5.6% 

Minimum  needed 

h2o 

0.0186 

0.085 

Lambda 

8 

Chosen  based  on  PCI  database 

n2 

0.0784 

0.357 

Air  needed  (SLPM) 

12.0 

o2 

0.0021 

0.009 

Tin  (°C) 

125 

Chosen  based  on  PCI  database 

Tout  (°C) 

130 

Chosen  based  on  PCI  database 

Space  velocity  (1  h_1) 

285000 

Chosen  based  on  PCI  database 

Area  (in.2) 

12.56 

Volume  (in.3) 

3.7 

Volume  (1) 

0.1 

Total  flow  rate  (SPLM) 

291.25 

System  totals 

CO  in 

1.33% 

CO  out 

49  ppm 

Space  velocity  (1  h-1) 

46103 

Volume  (1) 

0.4 

Volume  (in.3) 

22.7 

Total  air  needed 

35.6  SLPM 

to  carbon  ratios  of  2,  and  0:C  =  1,  it  was  determined  that  it 
would  require  2  PROX  stages  [8]. 

To  conclude,  the  results  of  PCIs  data  analysis  and  calcu¬ 
lations  for  very  dry  inlet  PROX  conditions  indicate  that  more 
than  three  stages  would  be  needed  to  achieve  less  than  50  ppm 
outlet  CO  concentration.  In  addition,  due  to  the  high  hydro¬ 
gen  and  low  water  content  in  the  influent,  there  would  be  a 


significant  amount  of  hydrogen  consumed  during  the  oper¬ 
ation.  For  a  two-stage  PROX  reactor  system,  that  achieves 
high  CO  concentration,  and  good  selectivity,  the  hydrogen 
and  water  content  should  be  selected  in  context  of  a  system 
efficiency  study  that  incorporates  the  trade-offs  between  addi¬ 
tional  water  input  and  reactor  size,  pressure  drop  and  start-up 
capability. 


S.  Roychoudhury  et  al.  /  Journal  of  Power  Sources  152  (2005)  75-86 


85 


C\J 

l 

X 

O 

cc 

CL 


> 


Fig.  10.  Schematic  of  integrated  reactors. 


The  above  discussion  detailed  the  performance  of  the 
ATR,  WGS  and  PROX  reactors  individually.  The  reactors 
were  not  tested  simultaneously  due  to  constraints  of  the  test 
stand.  Instead,  a  simulated  feed  was  used  to  evaluate  the  per¬ 
formance  of  the  individual  reactors.  For  example,  measures 
from  the  ATR  outlet  were  simulated  using  mass  flow  con¬ 
trollers  for  the  WGS  testing.  A  detailed  inspection  and  analy¬ 
sis  of  the  data  and  model  results  indicate  that  using  a  O/C  =  1 .0 
and  a  H2O/C  =  2.0  would  allow  for  a  single  stage  WGS  reac¬ 
tor  followed  by  a  two  stage  PROX  system,  resulting  in  a  CO 
outlet  concentration  between  10  and  50  ppm V  from  the  fuel 
processor.  Fig.  10  below  shows  a  conceptual  schematic  of  the 
overall  system  design.  It  is  anticipated  that  the  heat  removed 
from  streams  between  reactors  would  be  integrated  properly 
to  maintain  a  high  overall  system  efficiency. 

5.  Conclusions 

An  Auto-Thermal  Reformer  (ATR)  based  on  the  Microlith 
catalyst  substrate  technology  was  evaluated  to  determine  the 
advantages  offered  for  the  reforming  of  isooctane  (2,2,4- 
trimethylpentane)  and  a  blended  fuel  (5  wt.%  methylcyclo- 
hexane,  20  wt.%  of  xylene  and  75  wt.%  of  isooctane)  into 
H2.  Results  obtained  show  the  potential  of  the  technology  to 
significantly  reduce  the  size  and  weight  of  ATR  and  asso¬ 
ciated  start-up-time,  especially  critical  for  reformer  startup. 
Complete  conversion  of  fuel  to  Ci  products  with  efficien¬ 
cies  as  high  as  80%  compared  to  the  thermodynamically 
predicted  maximum  value  of  91%  (assuming  downstream 
conversion  of  CO  into  H2),  at  an  0:C  ratio  of  about  1  and 
an  H20:C  ratio  of  about  2  was  demonstrated.  These  re¬ 
sults  were  obtained  at  space  velocities  of  up  to  1 85,000  h-1. 
Low  methane  yield  (0.1-0.45%)  with  almost  no  C2  compo¬ 
nents  at  maximum  bed  temperatures  of  ~700°C  was  ob¬ 
served  due  to  high  initial  selectivity  to  partial  oxidation 
products.  The  data  suggests  that  fuel  conversion  increases 
nearly  linearly  before  reaching  complete  conversion  at  about 
0:C  =  1. 

Based  upon  these  results,  the  reactor  bed  weight  for  a 
15  kWe  system  is  expected  to  be  132  g  (0.3  lbs).  TheRh-based 
catalyst  supported  on  Ce-Zr  washcoat  was  found  to  provide 
higher  conversion  and  efficiency  than  a  Pt-based  catalyst.  The 
Rh-based  catalyst  also  produced  lower  methane  yield  and  sig¬ 


nificantly  lower  maximum  bed  temperatures  (^700  °C  versus 
~850  °C)  due  to  higher  initial  selectivity  to  partial  oxidation 
products  (H2  +  CO  instead  of  H2O  +  CO2).  Kinetics  of  the 
ATR  process  suggests  that  for  all  catalysts  the  highest  reac¬ 
tion  rate  occurs  on  the  front  of  the  catalyst  bed  where  oxi¬ 
dation  reactions  take  place,  followed  by  slower  reformation 
reactions.  Making  these  fast  oxidation  reactions  more  selec¬ 
tive  towards  partial  oxidation  products  may  further  increase 
process  efficiency. 

For  the  WGS  reactor  ~90%  of  equilibrium  CO  conver¬ 
sion  was  observed  under  Low  Temperature  Shift  conditions 
at  ^260  °C  and  space  velocity  of  ^9000  h-1  assuming  ATR 
H2O/C  ratios  of  1. 5-2.0.  In  general,  a  slight  increase  in  wa¬ 
ter  addition  to  the  ATR  inlet  resulted  in  a  significant  de¬ 
crease  in  WGS  reactor  size.  Experiments  and  calculations 
indicated  that,  within  the  range  of  conditions  examined,  a 
small  increase  in  H2O  to  the  ATR,  resulted  in  a  proportion¬ 
ately  greater  decrease  in  WGS  reactor  size.  It  was  determined 
that  H2O/C  ratios  greater  than  1 .5  allow  efficient  WGS  reactor 
design.  At  a  steam  to  carbon  ratio  of  2.0,  the  Microlith-based 
WGS  reactor  was  expected  to  reduce  the  CO,  in  a  single  stage, 
to  below  1%,  where  a  PROX  reactor  could  be  used  for  final 
CO  cleanup. 

In  order  to  achieve  outlet  CO  concentration  of  less  than 
50  ppm  for  a  given  temperature,  reformate  flow  rate  (266 
SLPM)  and  low  H20:C  ratio,  an  in-house  model  predicted 
that  more  than  three  stages  would  be  needed.  As  a  result  of  the 
low  water  concentration,  reactor  instabilities  were  observed 
which  prevented  high  CO  conversion,  with  good  selectivity, 
to  be  obtained  in  two  adiabatic  stages.  In  addition,  due  to 
the  high  hydrogen  and  low  water  content  in  the  feed  to  the 
PROX,  a  significant  amount  of  hydrogen  would  be  consumed. 
It  was  determined  that  in  order  to  use  a  two- stage  PROX 
reactor  system  (space  velocities  of  ~1 10,000  h-1)  with  high 
CO  conversion  and  good  selectivity,  the  water  content  of  the 
feed  would  need  to  result  in  a  H2O/C  ratio  (at  the  ATR)  greater 
than  1.5  and  preferably  2.0. 

The  results  indicate  that  the  incorporation  of  Microlith- 
based  fuel  processor  components  is  likely  to  result  in  a 
compact  fuel  processor  capable  of  meeting  DOEs  aggressive 
start-up- time  goals.  The  results  also  indicate  the  necessity  of 
conducting  system  level  studies  to  address  trade  offs  between 
overall  system  efficiency  and  component  size  and  operability 
as  a  function  of  feed  water  content. 
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